Introduction
With the widespread use of synthetic dyes, dye-containing wastewaters are extensively discharged by various industries including coloring textiles, leather, foods, drinks, pharmaceuticals, cosmetics, paper manufacturing and so on. It has been reported that the concentration of azo dyes generated by textile industries in actual wastewater was ranged from 5 to 1500 mg L −1 (Gottlieb et al. 2003) . These wastewaters are highly persistent in the environment and thus bring negative impacts on the natural environment and society (Suteu and Bilba 2005) . Therefore, various of technologies including biological, chemical, physicochemical, electrochemical and photochemical approaches have been invented for removing dyes from wastewaters (Brillas and Martínez-Huitle 2015) . Among which, advanced oxidation processes (AOPs) based technologies, especially the electrochemical advanced oxidation processes (EAOPs), have been demonstrated as broadly promising and high efficient technologies for dyes wastewater treatment (DWWT) (Barrera-Díaz et al. 2014; Brillas et al. 2009; Oturan and Aaron 2014) . Advantages of EAOPs include high degradation rates, feasibility of total mineralization, mild operation conditions and being eco-friendly. However, there are still some shortcomings such as extensive energy and chemical (acid and iron) consumption. In contrast to high cost of EF, biodegradation is a cost-effective way for DWWT, but the slow degradation rate and toxicity of high concentration of dyes to microorganisms restrict its widespread application.
In recent years, a new process termed Bio-electro-Fenton (BEF) process, which combines the strong oxidation ability of traditional EF and low cost of biodegradation, was proposed as promising alternative treatment technology (Feng et al. 2010a; Olvera-Vargas et al. 2016; Zhu and Ni 2009 ). The BEF process has several common properties with traditional EF in terms of reactor configuration and cathodic reaction.
The key factor that makes BEF process different and more cost-effective than the common EF process, is that the electric power in the BEF process is provided from oxidation of organic matter, instead of traditional electricity input. For example, Zhang et al. reported the use of electrical energy generated by a microbial fuel cell (MFC) to drive another BEF system for MB removal (Zhang et al., 2015) . In the anode of BEF reactor, electrons and protons are first produced due to organic matter (e.g. from domestic wastewater) degraded by electroactive bacteria, and then transfer through external circuit and proton exchange membrane respectively into cathode chamber. In cathode of BEF reactor, in-situ H 2 O 2 production is achieved following two-electron oxygen reduction reaction according to Eq. (1), which subsequently reacts with Fe 2+ and generates hydroxyl radicals ( % OH) through Eq. (2). In addition, in-situ regeneration of Fe 2+ can be achieved by reduction of Fe 3+ (Eq. (3)). There has been a lot of research devoted to the application of BEF process to remove organic pollutants from water bodies such as organic dyes (de Dios et al. 2014; Li et al. 2017b; Zhang et al., 2015) , pharmaceuticals and personal care products (Nadais et al. 2018; Wang et al. 2018; Wang et al. 2017) , municipal, agriculture and industrial chemicals (Hassan et al. 2017; Li et al. 2017a; Yu et al. 2018) . Nevertheless, the current research on BEF process is still in lab-scale, where most of the reported systems are less than 1 L. The scaling-up feasibility of BEF system has never been reported.
Therefore, the present work aims to demonstrate the feasibility of scaling up BEF process from milliliters to 20 L for DWWT. Subsequently, the various including catholyte pH, Fe 2+ dosage, aeration rate, applied voltage, cathode electrolyte concentration and initial dyes concentration on system performance were evaluated due to these parameters can affect treatment efficiency. Finally, the applicability of the scaled-up BEF reactor was further validated with six different dyes wastewaters in continuous flow mode.
Materials and methods

Scaled-up reactor and operation
A rectangular two-chamber BEF reactor (20 cm × 20 cm × 25 cm for each chamber) was developed. A cation exchange membrane (CMI 7001, Membrane international, NJ) was placed between the two chambers. The total volume of each chamber was 10 L, out of which 9 L was working volume. There are 20 electrodes in each chamber, 10 of which are located on the front side of each chamber, and the remaining 10 are located on the back of the each chamber and more details can be seen in Fig. 1 . A commercial carbon fiber brush (diameter 5.9 cm, length 6.9 cm, Mill-Rose, USA) was used as anode electrode. Each carbon brush needs to be pretreated as described before . A commercial graphite plate in the size of 4.5 cm × 4.5 cm and a Ag/AgCl electrode (+0.197 V vs SHE, Pine Instrument Company, USA) were used as cathode and reference electrode in the cathode chamber, respectively.
This BEF reactor was firstly running in MFC mode using sodium acetate (1.6 g L −1 ) and domestic wastewater (Primary clarify, Lyngby Wastewater Treatment Plant, Copenhagen, Denmark) as substrates and inoculum, respectively, to get mature anodic biofilm (Zhang and Angelidaki 2015a) . Thereafter, the reactor was converted into microbial electrolysis cell (MEC) mode with applied voltage at 0.2 V. In anode chamber, the synthetic nutrient medium (detail see Text.S1, Supplementary data)) was continuously fed to avoid substrate limitation on anode performance (Zhang et al., 2015) . The hydraulic retention time (HRT) of anode chamber was 58 h. Six dyes named as Methylene blue (MB), Orange G (OG), Toluidine blue (TB), Meldola's blue (MeB), Rhodamine B (RhB) and Rhodamine 6G (Rh6G), which are common dyes widely used for dyeing, printing and biological indicator, were used as pollutants in the abiotic cathode. Preparation of synthetic azo wastewater (17.62 ms cm −1 ) was done by adding 20 mg L −1 of MB and 50 mM of Na 2 SO 4 into deionized water, unless stated otherwise. The operation parameters including pH, initial concentration of Fe 2+ , aeration rate, applied voltage, cathode electrolyte concentration and initial concentration of MB and their impact on the system were investigated. Firstly, the effect of initial catholyte pH of 2, 3, 4, 5, 7 and 8 on system performance were explored. Secondly, different catholyte Fe 2+ dosage of 0.05, 0.1, 0.2, 0.5 and 1.0 mM were tested. Thirdly, the aeration rate (between 87.5 and 350 mL min −1 ) was continuously aerated through a peristaltic pump in order to investigate the effect on system performance. Fourthly, different external voltage of 0.3, 0.4, Fig. 1 . Front view of the 20 L scaled-up BEF system. 1, Anode chamber; 2, Cathode chamber. R. Zou, et al. Environment International 134 (2020) 105352 and 0.5 V were applied to see the effect on system performance. Fifthly, the initial cathode electrolyte concentration was 50 mM Na 2 SO 4 , unless the test of different cathode electrolyte concentration, where Na 2 SO 4 concentration at 0, 25 and 100 mM were adjusted. Finally, the impact of initial dye concentration (5, 10, 20, 50 and 100 mg L −1 ) on treatment performance was explored. When the cathode chamber was also operated in continuous flow mode, the HRT was 28 h. 0.1 Ω resistor was connected between the two chambers, unless stated otherwise. A power supply (CT-4008 W, Neware Battery Testing System, China) was used to provide the constant voltage (0.3, 0.4 and 0.5 V). Several control experiments including the one in open circuit (Control 1), one without cathodic aeration (Control 2), one without Fe 2+ addition in the cathode (Control 3) and one without external power supply (Control 4) were also conducted. The stirring rate was 200 rpm in both chambers. All the duplicated experiments were conducted at room temperature (25 ± 5 ℃).
Chemical, electrochemical analysis and calculations
Current and cathode potential were recorded by using a potentiostat with 30 min intervals (CT-4008W, Neware Battery Testing System, China). A ultraviolet-visible spectrophotometry detector (Spectronic 20D+, Thermo Scientific) was used to determine the concentration of MB, OG, TB, MeB, RhB and Rh6G with the wavelength at 665, 478, 623, 565, 555 and 526 nm, respectively (Abdelsalam and Birkin 2002; Ai et al. 2008; FaridaYunus et al. 2009; Li et al. 2017b; Rauf et al. 2009; Zhang et al., 2015) . The pH in solution was measured by a pH meter (PHM 210 pH meter, Radiometer). The mineralization rate of selected six dyes in the wastewater was estimated through total organic carbon (TOC) analysis (Shimadzu TOC 5000 A). The electric energy consumed by the pumping system was estimated as previously stated . The apparent decolorization rate constant (K app ) and mineralization rate constant (K TOC ) were calculated as described in Text.S2. Furthermore, the TOC removal and corresponding electrical energy consumption were estimated in order to evaluate the economic feasibility of the BEF process and its values were calculated as described in Text.S3.
Results and discussion
3.1. The performance of the scaled-up BEF reactor Fig. 2A shows the removal of 20 mg L −1 of MB during this scaled-up BEF process. The decolorization efficiency of MB achieved after 8 h operation of the BEF was approximately 98% ( Fig. 2A ). In comparison, the decolorization efficiency of MB was less than 30% after 8 h in Control 1. The reason could be attributed to the sorption of dye on the reactor inner wall, cathode electrodes and the membrane surfacing to the cathode side. The decolorization efficiency of MB without aeration (Control 2), without Fe 2+ (Control 3) in the cathode chamber was about 75% and 94%, respectively, which was much higher than that reported for lab-scale reactor (Li et al. 2017b; Zhang et al., 2015) . This result could be due to the following two aspects. On the one hand, MB as an electron acceptor can be directly degraded into colorless intermediate with shorter molecules under the behavior of current and higher current could accelerate this process. The current obtained in control 2 (21 mA) and control 3 (35 mA) was higher that reported in lab-scale reactors (Fig. 2C ), which can explain this phenomenon (Li et al. 2017b; Zhang et al., 2015) . On the other hand, as the reactor working volume and current increased, more H 2 O 2 was produced, which could still accelerate the decolorization of MB even without formation of % OH (Brillas et al. 2009 ). It is well known that some of intermediates generated during oxidation of dyes could be persistent and even more toxic compared to the original dyes themselves (Rizzo 2011) . Thus, it is particularly important to assess the degree of mineralization throughout the treatment process. The TOC removal showed that the mineralization of MB had similar trend as decolorization. According to Fig. 2B , 72% of TOC removal was obtained after 8 h, while only 28%, 45% and 45% were observed in Control 1, 2 and 3, respectively. For Control 1, the TOC removal efficiency can only be explained that the TOC in solution was removed, but it was actually caused by the adsorption of MB on the inner wall of the reactor, while MB was entirely removed from whole part of the reactor in normal operating condition. Furthermore, the MB decolorization and mineralization efficiency were only 66% and 37% in control 4, respectively. The reason can be attributed to the much lower H 2 O 2 production compared with scaled-up BEF system with external power supply . Hence, less % OH produced for MB degradation and thus Batch and continue This study R. Zou, et al. Environment International 134 (2020) 105352 poor system performance was observed. According to the previous results, the degradation kinetics of MB followed with apparent first-order kinetics, which was also consistent with traditional Fenton processes and previously BEF process (Feng et al. 2010a; Li et al. 2017b; Melgoza et al. 2009; Zhang et al., 2015) . The K app and K TOC were 0.68 h −1 and 0.20 h −1 corresponded to scaled-up BEF process, respectively. It should be noted that the value of mineralization rate constant was far below the decolorization rate constant probably because MB was firstly easier to oxidize to colorless intermediates which were further oxidized at a relatively slower rate to CO 2 (Feng et al. 2010a ). Compared to the rapid and easier decolorization, azo dyes mineralization was more difficult due to its high molecular weight and complex structure. The K app of 0.43 h −1 and K TOC of 0.22 h −1 has been reported for MB removal, while K app of 0.212 h −1 and K TOC of 0.0827 h −1 have been obtained with Orange II in previous BEF system, which were lower than the ones observed in this study (Feng et al. 2010a; Zhang et al., 2015) . These results indicated that the scaled-up BEF process could be more efficient than lab-scale BEF process (≤1L, see Table 1 ) for DWWT and provided knowledge for large-scale applications in the future.
System performance with varied catholyte pH
According to previous studies on application of EF and BEF for DWWT, we found that degradation performance was easily affected by initial pH of dye-containing wastewater and was varied greatly in different systems (Li et al. 2017b; Ling et al. 2016; Moreira et al. 2017) . Therefore, the effect of catholyte pH on system performance was conducted at 6 pH levels of 2, 3, 4, 5, 7 and 8. The results showed the catholyte pH can significantly affect the removal of MB (Fig. 3) . A drop of the decolorization efficiency, TOC removal efficiency, K app and K TOC of MB was observed when pH increased from 2 to 8 and achieved maximum removal efficiency at pH 2 (99%, 89%, 0.68 h −1 and 0.22 h −1 ). The pH of 2 found here as optimum was consistent with that reported by milliliters-scale BEF systems (de Dios et al. 2013; Li et al. 2017b; Ling et al. 2016) . The pH in the cathode increased with the increasing of operational time, regardless of initial cathodic pH (detail see Fig.S1 ). For initial pH of 2 and 3, the pH increased to 2.6 and 10.07 after 28 h, respectively. Based on previous studies on EF process, the highest Fenton reaction rate was obtained at pH 2.8, where % OH can be generated and disseminated with the Fe 3+ /Fe 2+ couple as the catalyst (Brillas et al. 2009; Sirés and Brillas 2012) . For initial pH above 4, the pH increased quickly and reached above 11 at 28 h. Hence, the poor treatment performance was observed (pH 4, 5, 7 and 8), compared to the results when pH below 3 (pH 2 and 3). The increasing of pH may bring several impacts to the system. Firstly, the generated H 2 O 2 could decompose into O 2 and H 2 O when pH exceed 5 (Moreira et al. 2017) . Secondly, higher pH caused the formation of Fe(OH) 3 precipitate by Fe 3+ species, which may reduce the Fe 3+ /Fe 2+ couple content (Nadais et al. 2018) . Thirdly, the MB could be removed by electro-coagulation due to formation of Fe(OH) n (Nadais et al. 2018) . The current and cathode potential showed the opposite trend as that of MB degradation (Fig.S1) . Overall, these results demonstrated that scaled-up BEF process was sensitive to pH values as same as the traditional Fenton and EF processes, and the pH of 2 was chosen for the following experiments with current system.
MB Removal at different initial catholyte Fe 2+ concentration
Fe 2+ ions, as a widely used iron source, was usually added directly into BEF process. For a defined condition, the concentration of H 2 O 2 produced from MEC can be considered to be relatively constant. Hence, Fe 2+ concentration is an important parameter determining the formation of % OH, and thus, can significantly affect the treatment performance (de Dios et al. 2013; Fu et al. 2010; Nadais et al. 2018; Yuan et al. 2017; Zhang et al., 2015) . The effect of initial Fe 2+ concentration (0.05, 0.1, 0.2, 0.5 and 1 mM) on MB degradation with a set of defined parameters (20 mg L −1 of MB, pH of 2, Na 2 SO 4 of 50 mM, applied voltage of 0.4 V, and aeration rate of 350 mL min −1 ) was investigated. According to Fig. 4 , the different concentration of Fe 2+ was shown to have obvious influence on decolorization and mineralization of MB. A rapid decolorization of above 95% at first 6 h (then above 99% at 28 h), TOC removal efficiency of above 89% at 28 h and K app of 0.68 h −1 were obtained with initial Fe 2+ concentration of 0.2 mM. The relatively slow rate of decolorization and lower TOC removal efficiency of MB at a higher concentration of Fe 2+ (0.5 and 1 mM) may be explained as following. On one hand, the formation of Fe 3+ may be caused by the excessive Fe 2+ reacting with % OH according to Eq. (4).
On the other hand, excessive Fe 2+ supply could lead to surplus % OH production (Eq. (2)) which could further react with H 2 O 2 (Eq. (5)).
Those reactions lead to simultaneous loss of % OH and H 2 O 2 , and thereby resulting in the poor performance of MB degradation. In addition, for lower TOC removal efficiency of MB at higher Fe 2+ concentration could also be due to the generation of Fe 3+ -carboxylic acid complexes (Brillas et al. 2000; Sirés et al. 2007) . Such complexes including Fe(C 2 O 4 ) 3 3− , Fe(C 2 O 4 ) − and Fe(C 2 O 4 ) + were hard to be oxidized by % OH. Moreover, with the lower concentration of Fe 2+ (0.05 and 0.1 mM) addition, the MB degradation showed a similar trend as that observed at relatively higher concentration of Fe 2+ (0.5 and 1 mM). The reason can be attributed to insufficient Fe 2+ , which led to insufficient % OH production (Eq. (2)). Thus, based on the above results, 0.2 mM of Fe 2+ dosage was chosen for the subsequent experiments, which was far below than that reported previously (Fu et al. 2010; Li et al. 2017b; Zhang et al., 2015) . The reason can be attributed to the scaled-up BEF system could enhance the regeneration of Fe 2+ (Eq. (3)) compared with lab-scale BEF system and thus less initial Fe 2+ dosage was needed. This could reduce the sludge production and save cost simultaneously.
System performance with varied catholyte airflow rate
The electrochemical production of H 2 O 2 lies on the reduction of oxygen through the two electrons reaction according to Eq. (1). Hence, the cathodic aeration rate which determines the dissolve oxygen (DO) level could directly affect the generation of H 2 O 2 and subsequently affect the generation of % OH (Eq. (2)). Thus, the effect of aeration rates (i.e., 87.5, 175, 262.5 and 350 mL min −1 ) on the BEF process was investigated under a certain operational condition (20 mg L −1 of MB, pH of 2, Na 2 SO 4 of 50 mM, 0.4 V, and Fe 2+ of 0.2 mM). The results in Fig. 5 showed that decolorization efficiency, K app and TOC removal efficiency of MB increased when the aeration rate was increased, and the corresponding maximum value (99%, 89%, 0.68 h −1 ) was achieved at 350 mL min −1 . Table.S1 showed the DO concentration in the cathode with different aeration rate. Furthermore, the cathodic DO was approaching a saturated concentration around 8.45 mg L −1 at 24 ℃ when aeration rate reached 350 mL min −1 . It was always found in previous studies demonstrated that over a certain range increasing the airflow rate cannot continue improve the pollutants degradation (Liu et al. 2007 ). It could be due to that the DO level was saturated and the large bubbles might prevent the adsorption of O 2 to the cathode electrode. The air flow rate of 350 mL min −1 (corresponding to 0.0082 mL O 2 min −1 mL −1 based on cathode volume) was chosen as cathodic aeration rate for the following experiments, which was much lower than previous studies (de Dios et al. 2013; Li et al. 2017b; Nadais et al. 2018; Zhuang et al. 2010 ). Since the aeration rate was related to the electricity consumption on pumping, thus operating the scaled-up BEF process at an optimum value could enhance the wastewater treatment efficiency and significantly decline the overall operating expenditure.
System performance at different applied voltage
Previous studies have shown that applied voltage, as an important parameter, can affect the lab-scale BEF process by regulating the production of % OH (Li et al. 2017a; Li et al. 2017b; Nadais et al. 2018; Zhang et al., 2015) . Hence, different applied voltages (0.3, 0.4 and 0.5 V) were applied to explore its impact on the decolorization and mineralization in the scaled-up system. Fig. 6A exhibited the decolorization efficiency of MB firstly enhanced when the applied voltage was increased from 0.3 to 0.4 V, but it started to drop with the applied voltage further increased to 0.5 V. Generally, the higher applied voltage, the higher current can be reached (Fig.S4 ). Nevertheless, current over a certain range may accelerate the reduction of H 2 O 2 to H 2 O, and thereby reducing the production of % OH for further degradation of MB (Liu et al. 2007) . The corresponding K app and TOC removal efficiencies of MB were presented in Fig. 6B , which showed the similar trends as decolorization. Similar results were observed in previous lab-scale studies (Li et al. 2017a; Nadais et al. 2018 ). Therefore, applied voltage of 0.4 V was chosen for the following experiments, based on the consideration of TOC removal efficiency and energy consumption.
System performance at different cathode electrolyte concentration
Ionic strength in the cathode is crucial to the treatment performance of EF and BEF process, since it can support the conductivity and allow efficient flow of electrical current (Moreira et al. 2017) . Supporting cathode electrolytes including Na 2 SO 4 , NaCl, KCl, NaClO 4 , NaNO 3 and Na 2 CO 3 have used in EAOPs (Moreira et al., 2017) . It has been found that system using Na 2 SO 4 showed higher mineralization ability than using NaCl (Thiam et al., 2015b (Thiam et al., , 2014 . Moreover, Fan et al. found that decolorization ability of BEF system were in the order of catholyte Na 2 SO 4 ＞ Na 2 NO 3 ＞ Na 2 CO 3 (Fan et al. 2010) . As for NaClO 4, it was worth noting that ClO 4 − was toxic for aquatic organisms. Therefore, Na 2 SO 4 was chosen as supporting cathode electrolyte and different initial concentrations (0, 25, 50, 75 and 100 mM Na 2 SO 4 ) were used to investigate its effect on the MB removal. As exhibited in Fig. 7 , it can be found that the final decolorization of MB were independent of its initial concentration, which was consistent with previous lab scale study (Li et al. 2017b ). However, the K app and TOC removal efficiencies of MB firstly increased as Na 2 SO 4 concentration increased from 0 to 50 mM (0.68 h −1 and 89%), and then decreased with further increasing of Na 2 SO 4 concentration. Notably, the decolorization and mineralization of MB were still efficient (100% and 83%) even without addition of Na 2 SO 4 . The reason could be due to the conductivity of dye solution was 7.63 ms cm −1 , which was probably sufficient to support the treatment process. The conductivity contributed by MB alone was slightly lower than that of 25 and 50 mM Na 2 SO 4 (Table S2) , and thus, a slight lower current output (30 mA) was obtained (Fig.S5) . The cathode electrolyte concentration (50 mM Na 2 SO 4 ) was selected for the following experiments, which was consistent with the majority of studies reported. The current slightly increased as the Na 2 SO 4 concentration increased (Fig.S5) . The reason may be that the relatively higher Na 2 SO 4 concentration contributed to higher cathode conductivity ( Table.S2 ) and thereby lowering the internal resistance (D'Angelo et al. 2015) . Furthermore, a slight decrease of the K app and TOC removal efficiencies were observed with higher electrolyte concentration (75 and 100 mM Na 2 SO 4 ), which can be explained as following: firstly, the excess SO 4 2− could be absorbed on the surface of electrode and thus caused the decrease of active site of electrode for H 2 O 2 generation and subsequently reduced the % OH production (Chen et al., 2015) . Secondly, SO 4 2− could react with % OH to generate SO 4 % − (Eq. (6) ), then the produced SO 4 % − could further consume the H 2 O 2 (Eq. (7) and Eq. (8)) (Moreira et al., 2017) . The same trends also observed in previous study (Luo et al., 2015; Thiam et al., 2015a) . 
System performance at different MB concentrations
Different MB concentrations were chosen to investigate its influence on the system performance. Fig. 8 depicted that the decolorization efficiency, K app and TOC removal efficiency declined as initial MB concentration increased. Approximately 100% color removal of 5, 10, 20 and 50 mg L −1 MB solution has reached by this scaled-up BEF process after 28 h. However, only 89% color removal of 100 mg L −1 MB was observed after 28 h (Fig. 8A) . Furthermore, variation of concentration of MB (C) with time t of the BEF process for degradation of different initial MB concentration was conformed to first-order kinetics reaction (Fig. 8B ). Hence, the K app was calculated based on Eq. (4). For instance, the K app and TOC removal efficiency were 1.41 h −1 and approximately 98%, respectively, when initial MB concentration was 5 mg L −1 . However, K app of 0.06 h −1 and TOC removal efficiency of 39% were observed with 100 mg L −1 of MB. The same trends were observed in the lab-scale BEF and EF process, which indicated that longer treatment time might be required for the wastewater containing relatively higher dye concentration (Hammami et al. 2007; Labiadh et al. 2015; Li et al. 2017b; Zhang et al., 2015) . Moreover, a drop of K app with the increasing of MB concentration was observed, which was consisted with previous studies (El-Desoky et al. 2010; Garcia-Segura and Brillas 2014; Moreira et al. 2015) . The results could be explained as following. Firstly, the electrode charge transfer process could probably replace the diffusion process as the rate-determining step, which may result in a reduction of K app and a transition of the kinetics from pseudo-first-order to zeroorder (Moreira et al., 2017) . Secondly, slower diffusion and/or mass transport between H 2 O 2 and Fe 2+ species may lead to the less production of % OH when the MB concentration was higher. Meanwhile, numerous Fe 3+ complexes can be formed due to the reaction between Fe 3+ and MB and its degradation products (Moreira et al., 2017) . Thirdly, this kinetic model might have limitations to give accurate interpretation of the decay profiles of MB, thus a more comprehensive model that may contain all reactions associated with MB degradation, especially involving its oxidation products, should be pursued in future (Moreira et al., 2017) .
Applicability to different dye wastewaters
Five more different dyes wastewaters were selected to evaluate the performance of this scaled-up BEF reactor under the identified optimal conditions (initial pH of 2, Fe 2+ of 0.2 mM, Na 2 SO 4 of 50 mM, applied voltage of 0.4 V, aeration rate of 350 mL min −1 and each dye concentration of 20 mg L −1 ). Fig. 9 showed that the decolorization efficiency after 28 h reached about 98%, 99%, 100%, 100% and 100% for TB, MeB, OG, RhB and Rh6G, respectively. In contrast to decolorization, mineralization of the organic dyes were more diffcult due to their high molecular weight and the complicated structure. Especially for the studied five dyes, the benzene rings in the aromatic molecules are quite stable and diffcult to break apartly by % OH. As a result, the TOC removal efficiency reached 78%, 78%, 87%, 71% and 73% for TB, MeB, OG, RhB and Rh6G, respectively. The results demonstrated that the selected dyes can be almost completely decolorized with high mineralization percentages by this scaled-up BEF reactor. Therefore, when the reaction time was further increased, the complete decolorization and mineralization of the studied dyes can be expected.
System performance under continuous operation
There were no reports available so far on the application of BEF technology in the treatment of dye-containing wastewater under continuous mode. Therefore, it is of importance to test this 20 L scaled-up reactor in continuous mode, which will help to evaluate the industrial applicability of the system. The optimal parameters obtained from batch experiments (initial pH of 2, Fe 2+ of 0.2 mM, MB of 20 mg L −1 , Na 2 SO 4 of 50 mM, applied voltage of 0.4 V, and cathode areation rate of 350 mL min −1 ) were adopted for the continuous flow test. The HRT was 28 h and continuous operation for 10 days. For feeding anode chamber, the flow rate of pump was 5.84 mL min −1 . For cathode chamber, the flow rate of pump was 5.36 mL min −1 . According to Fig. 10 , the decolorization efficiency reached about 90% in first 12 h and continuously increased to above 99% after 72 h operation, whereafter it kept stable. The TOC removal efficience was stable at around 74%. The current and cathode potential were also keep stable at around 0.4 V and 35 mA, respectively. The decolorization and TOC removal efficiency were slightly lower than that observed in batch mode. It could be due to the different mass transfer characteristics in continuous operation mode, compared to batch mode. The same trend was also observed in EF process (Nidheesh and Gandhimathi 2014) . The results demonstrated that the scaled-up BEF reactor can be operated under continuous flow conditions with a stable treatment performance, and the system need to be further optimized when it was switched from batch to continous mode.
Energy consumption and costs
Previous studies have demonstrated that the BEF process is an economical alternative to conventional EF processes for dye wastewater treatment (Li et al. 2017a; Li et al. 2017b; Nadais et al. 2018) . The purpose of calculating energy consumption in this paper is to evaluate the economic feasibility of the scaled-up BEF reactor. The electrical energy consumption was mainly composed of two parts, one is from the applied voltage and the other is from the pump and magnetic stirrer. For the first part, the calculation was based on Eq. (9):
Herein, the E (kWh) is the electrical energy consumption, V (V) is the voltage applied to the system, I (A) is the calculated current intensity, and t (h) is the time for one batch cycle. The electrical energy consumption in first part during one batch cycle with the optimum operational parameters was 0.000392 kWh, while the electrical energy consumption in second part was 0.48 kWh for one batch cycle. Therefore, the total electrical energy consumption was 0.480392 kWh. According to calculation, of the normalized electrical energy with respect to TOC removal was 7469.9 kWh (kg TOC) −1 . It was worth noting that 99.92% of the energy consumption from the scaled-up BEF reactor was mainly due to the aeration consumption by using pump. The energy consumption from the electricity directly applied to the reactor was only 5.96 kWh (kg TOC) −1 in this study, which was far below the energy consumption from traditional EF process (Barros et al. 2014; Thiam et al. 2015b ). Moreover, the electrons derived from biological oxidation of organic matter in BEF process significantly decreased the energy need for H 2 O 2 generation, compared to the traditional EF processes. In addition, normalized electrical energy with respect to TOC removal was 11526.6 kWh (kg TOC) −1 when this scaled-up BEF reactor running without external power supply (see detailed TOC removal in Fig.S8 ). The much higher energy consumption of MFC-based scaled-up BEF process was mainly due to the low treatment efficient which prolonged the reaction time and thereby increasing the aeration costs. The results indicated that MEC-based scaled-up BEF process was more suitable for wastewater treatment in future large scale application. Furthermore, our previous study also demonstrated that wastewater treatment capacity of MEC based BEF system was much larger than that of MEC based BEF system in smaller lab scale (0.3 L) (Zhang et al., 2015) . Further optimization of the aeration in the cathode (e.g., employing the advanced aeration strategy such as air diffusion electrode) and using renewable energy such as solar energy and additional MFCs to replace the direct current power will make the BEF process even more attractive from economic point of view. The aeration in the cathode could also be greatly reduced or even avoided during largescale application if the wastewater is collected in open to air storage tanks. Moreover, the cost of the addition of chemicals for pH adjustment may also need to be considered. The cost of addition of chemicals including iron and acids were not calculated here due to following consideration. On the one hand, as shown in Fig.S1B , we only adjusted the initial pH and didn't control the pH during treatment. When the initial pH was 2, there was only a slight increase of pH (below 3) in the given HRT of 28 h. Thus, the pH adjustment only needed in the beginning. On the other hand, pH adjustment/control is the common challenge to traditional Fenton or EF processes. Several strategies have been reported to address this issue. For instance, using carbon nanotube (CNT)/γ-FeOOH composite as cathode could complete the treatment at neutral pH (Feng et al., 2010) . In addition, the waste acid from industries could be used for pH adjustment if it is needed. All these strategies could be considered for the future practical applications and could be the goals of our future studies.
Conclusions
The textile wastewater was efficiently degraded by the scaled-up BEF process in a 20 L reactor. Batch experiments indicated that the optimum operating conditions for MB removal are pH of 2, 0.2 mM of Fe 2+ , 50 mM of Na 2 SO 4 , cathode aeration rate of 350 mL min −1 and power supply of 0.4 V. Dye removal was consistent with first-order kinetic reaction under the above optimum operating conditions. Furthermore, the degradation of dye wastewaters by this scaled-up BEF reactor was operated successfully and performed stable in a continuous flow mode. Notably, the energy consumption from the electricity directly input in the reactor was only 5.96 kWh (kg TOC) −1 . Though promising, further optimization on the reduction of aeration cost is still needed before large-scale application. This study offers insight into development of sustainable and eco-friendly BEF process for the textile wastewater treatment at industrial scale. 
